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A B S T R A C T   

It is well known that CO2 capture and re-use is one of the main challenges to be pursued in order to tackle global 
warming issues. Aqueous ammonia solutions are among the most promising sorbents for post-combustion CO2 

capture and could represent a valid and potentially economical alternative to the use of conventional alkanol-
amines, due to their higher absorption capacity, lower energy requirements for sorbent regeneration and greater 
resistance to oxidative and thermal degradation. Despite its apparent simplicity and convenience, the dynamic 
evolution of CO2 − NH3 system needs to be further investigated through proper mathematical models that permit 
to design, optimize, and control the capture process. 

In this work, the chemical absorption of carbon dioxide contained in a simulated flue gas (N2 + CO2; CO2 

15%v/v) by means of aqueous NH3 solutions was investigated both experimentally and theoretically. In partic-
ular, a rigorous mathematical model, capable to quantify the CO2 capture efficiency dynamics and the sorbent 
chemical composition during the process, is proposed for the first time. The model is validated by comparing 
modeling results with experimental data obtained under different operating conditions. The effect of both 
operating temperature and sorbent concentration are investigated. The good agreement between model results 
and experimental data confirms the effectiveness and the reliability of the developed tool that turns out to be able 
to quantify the dynamics of capture efficiency during the variation of the operating conditions. Therefore, it may 
be exploited to properly design, optimize and control the capture process and the absorbent regeneration section 
whose energy requirements also depend on the species concentration into the absorbent solution.   

1. Introduction 

The climate change, caused by the massive increase in anthropogenic 
greenhouse gas (GHG) emissions in recent decades, has become a serious 
environmental issue whose solution cannot be further delayed. Carbon 
dioxide (CO2) is regarded as one of the most important GHGs, since its 
contribution from anthropogenic sources accounts for 74 % of the total 
GHGs [1], and the increase of its concentration in atmosphere has been 
correlated to the global warming observed since the middle of 20th 
century [2]. As a matter of fact, the atmospheric CO2 concentrations 
climbed up dramatically in the past two centuries, rising from around 
270 ppm in 1750 to current values higher than 410 ppm. To prevent a 

further increase of the atmospheric CO2 concentration, large stationary 
point sources of carbon dioxide such as power plants and refineries as 
well as iron, steel and cement industries should be suitably coupled with 
CCS (carbon capture and storage) [3] or CCU (carbon capture and uti-
lization) [4,5] processes. This way, industrial CO2 emissions could be 
reduced and transformed from a liability to an asset in a circular econ-
omy scenario. Nowadays, there are several technologies available for 
post combustion CO2 capture including physical adsorption, chemical 
absorption, membrane processes, cryogenic separation, etc. [6]. Each 
technique displays its own advantages and drawbacks that depend on 
several factors such as temperature, pressure, volume of emissions to be 
treated, as well as CO2 concentration and presence of humidity or other 
species in the flue gas [7,8]. 
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Chemical absorption is one of the most developed and feasible cap-
ture methods to reduce carbon dioxide emissions. In this technique, the 
flue gas is contacted with a liquid, usually an alkaline sorbent, to pro-
mote CO2 dissolution and its subsequent reaction with the alkaline 
component, while the rest of the gaseous mixture is not retained. After 
the CO2 capture, the absorbent solution can be thermally regenerated 
and reused in subsequent absorption cycles. 

Due to its cost-effectiveness and the capability to handle large 
amount of emission, chemical absorption through aqueous alkanol-
amines is considered one of the most efficient capture methods and the 
most suitable for the revamping of existing plants. In particular, the use 
of aqueous monoethanolamine (MEA) has been extensively investigated 
in recent decades for CO2 capture from large stationary emission points 
[9], and today it represents the most used absorbent in acid gas treat-
ment [10,11]. However, the MEA process suffers from some severe 
disadvantages that prevent the capture system optimization. Specif-
ically, low CO2 loading capacity, high corrosion rate of equipment, 
amine thermal and oxidative degradation by SO2, NO2, HCl and HF as 
well as high energy consumption during absorbent regeneration [12] are 
the main factors currently hindering the wide application of MEA for 
carbon capture. 

The formulation and choice of the liquid sorbent are indeed an 
important area of research since its chemical-physical properties 
considerably influence the capture process efficiency. Ideally, the 
absorbent should exhibit high reactivity with CO2, low heat requirement 
for regeneration, low volatility, low toxicity, high loading capacity, 
resistance to degradation and, given its use on industrial scale, low cost. 
Aqueous ammonia (NH3) displays many of these characteristics, and its 
potential use as a sustainable sorbent for CO2 capture processes has 
recently gained increasing interest [13,14]. Compared to amine-based 
sorbents, aqueous ammonia presents several advantages: it is not 
affected by thermal and oxidative degradation even in the presence of 
other gases or impurities, it is less corrosive, it has better global avail-
ability (and lower cost) and its regeneration energy is much lower than 
that one of MEA process [15,16]. Moreover, this process can also capture 
multiple flue gas components (NO2, NOx, and CO2) and produce added 

value chemicals, such as ammonium sulfate, ammonium nitrate and 
ammonium bicarbonate that are widely used as fertilizers [17]. On the 
other hand, aqueous ammonia has two major drawbacks, namely the 
high volatility of NH3 and its slow reaction with CO2 [18], which must 
be considered and suitably managed to permit its large-scale 
implementation. 

Despite the apparent simplicity of the system, most mathematical 
models so far available in the literature do simulate the concerned sys-
tem only under equilibrium conditions. In particular, the equilibrium 
relations have been included into the so-called electrolyte non-random 
two liquid (NRTL) model [19–21]. Nevertheless, these models are not 
capable to describe the capture dynamics and the process evolution over 
time. For this reason, in this work, a novel mathematical model that 
manages to dynamically describe the CO2 capture process is proposed 
for the first time, to the best of our knowledge. By considering reaction 
equilibria, the model allows computing the species concentration in the 
absorbent solution and to quantify the capture system efficiency as the 
process evolves. Such information could be very useful to identify the 
proper solvent regeneration times or to evaluate the possibility to inte-
grate the process with the production of added-value chemicals, as well 
as to assess the operating conditions that optimize the CO2 capture. 

2. Materials and methods 

All reagents were reagent grade and were used without further pu-
rification. The used aqueous NH3 solutions were prepared from a stan-
dard 15.2 mol dm− 3 of NH3 solution (Sigma–Aldrich). Pure CO2 and N2 
(Rivoira) were mixed together to simulate a flue gas with the desired 
composition (CO2 15 %v/v). Flow rates of the gases were measured by 
means of digital gas mass flow controllers (Aalborg) equipped with gas 
flowmeters (Cole Parmer). The inlet and outlet CO2 percentages in the 
flue gas mixture were measured with a Varian CP-4900 gas chromato-
graph calibrated with 10 %v/v and 40 %v/v CO2/N2 reference mixtures 
and 100 % CO2 reference gas (Rivoira). 

Nomenclature 

Ci Concentration of the i-th species in the liquid bulk mol dm− 3 

C*
i Equilibrium concentration of the i-th species mol dm− 3 

Cw/T Water concentration mol dm− 3 

D Diffusion coefficient dm2 s− 1 

Db Bubble diameter dm 
DC Column diameter dm 
d0 Pore diameter of the sparger dm 
d32 Sauter mean diameter dm 
E Enhancement factor −
g Gravity acceleration:98.067 dm s− 2 

HC Column height dm 
HD Height of aerated liquid dm 
HS Height of static liquid dm 
Hj

i Henry constant for i-th species in the j-th solvent 
Pa dm3mol− 1 

kg Local mass transfer coefficient for the gas phase 
mol Pa− 1 dm− 2s− 1 

kl Local mass transfer coefficient for the liquid phase dm s− 1 

KRi Equilibrium constant of the reaction Ri See Table 3 
KL Global mass transfer coefficient dm s− 1 

MSE Mean square error −
Ni Gas/liquid interface molar flow rate of the i-th species 

mol s− 1 

Nin Inlet molar gas flow rate mol s− 1 

Nout Outlet molar gas flow rate mol s− 1 

Nsc Schmidt number −
P Pressure Pa 
pH pH level: − log10([H+] ) −

R Gas constant:8314.462 dm3 Pa mol− 1K− 1 

R2 Coefficient of determination −
S Gas/liquid interface area dm2 

t Time s 
ti Sampling time of the efficiency measurement s 
T Temperature K 
UG Bubble superficial velocity dm s− 1 

Vg Gas-phase volume dm3 

VL Liquid-phase volume dm3 

yi Molar fraction of i-th species in the gas-phase −
ε Liquid hold-up −
μl Liquid phase dynamic viscosity kg dm− 1s− 1 

η Capture system efficiency −
ν Stoichiometric coefficient −
ϱg Gas phase-density kg dm− 3 

ϱl Liquid phase-density kg dm− 3 

Δϱ Density difference between liquid- and gas-phase kg dm− 3 

σl Interfacial density of the liquid-phase kg s− 2 

%c(i) Concentration percentage ratio of the i-th species −
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2.1. CO2 capture experiments 

The CO2 capture was performed under isothermal and isobaric 
conditions in a home-built glass cylinder with a diameter of 56 mm and a 
height of 300 mm fitted with a sintered gas diffuser (16–40 μm) in the 
bottom. The absorber was charged with 0.150 dm3 of the tested aqueous 
ammonia solution and was kept at the desired temperature by means of a 
thermostatic bath (Julabo model F33 MC, accuracy ± 0.1 ◦ C). The gas 
mixture was water-saturated before being injected from the bottom of 
the absorber through a sintered glass diffuser, with a total flow rate of 
12.2 dm3h− 1 (0.07 6 molCO2 h− 1 at 23◦ C). The vent gas from the top of the 
absorber was dried by flowing in turn through a condenser cooled at 
− 5◦C, a concentrated H2SO4 solution and two towers filled with P2O5, 
before being GC analyzed. The gas chromatograph continuously 
measured the percentage of CO2 in the treated gas stream. By comparing 
the percentage of CO2 in the gas mixture before and after the absorption, 
the capture efficiency is calculated. Measurements of pH and tempera-
ture of the solution during absorption were performed with a HI98128 
pHep®5 pH & temperature tester (Hanna Instruments, accuracy ±
0.05), calibrated with standard buffer solutions at pH 7.01 and 10.01. A 
schematic representation of the apparatus used is shown in Fig. 1. 

The gas holdup (ε) is a key hydrodynamic factor to estimate the 
bubbles diameter. It was measured photographically, through the 
method of volume expansion, by recording the height of both the static 
(HS) and aerated liquid (HD), respectively before and after gas injection 
as follows: ε = (HD - HS)/HD. In order to validate the proposed model 
and verify its robustness, we conducted three different series of exper-
iments, varying operational parameters such as the NH3 initial con-
centration of the sorbent (M, mol dm− 3) and the system temperature as 
summarized in Table 1. 

2.2. 13C NMR analysis 

The identification and quantification of the species formed during 
the capture process was obtained with an accurate 13C NMR analysis of 
solution samples taken after 10, 20, 30, 40, 60, 90, 120, 180, 240 and 
300 min of absorption [22], following a well-established procedure 
[23]. The 13C NMR spectra were obtained with a Bruker Avance III 400 
spectrometer, operating at 100.613 MHz. Tetramethylsilane was used as 
external standard at 0.00 ppm, while CH3CN was used as internal 
reference (CH3, δ = 1.47). A sealed glass capillary containing D2O 
(Sigma–Aldrich) was introduced into the NMR tube with the solution 
sample to provide a good signal for deuterium lock. A pulse sequence 

with proton decoupling and NOE suppression was used to acquire the 
13C{1H} with the following acquisition parameters: pulse angle = 90.0◦, 
acquisition time = 1.3632 s, delay time = 2–30 s, data points = 65 K, 
number of scans = 250–500. The data were processed by Bruker-Biospin 
Topspin software. Bicarbonate and carbonate ions provide a unique 13C 
NMR signal, due to proton scrambling. The relative amount of ammo-
nium carbamate (NH2CO−

2 ) and of the sum of bicarbonate and carbonate 
(HCO−

3 + CO2−
3 ) was evaluated by comparing the intensities of their 13C 

NMR signals. The relative amount of bicarbonate and carbonate ions 
was evaluated from the chemical shift (δ, ppm) of the fast-equilibrating 
HCO−

3 /CO2−
3 signal, as already described in a previous work [24]. 

Reference solutions for calibrating the 13C NMR spectra were prepared 
by dissolving in D2O pure Na2CO3, NaHCO3 and accurately weighted 
mixtures of the two salts in different percentages. Chemical shifts of 
reference solutions are in ppm and the percentages of Na2CO3 are re-
ported in parenthesis: δ = 168.10 (100 % neat Na2CO3); δ = 166.08 
(74.8 %); δ = 164.42 (50.0 %); δ = 162.48 (25.0 %); δ = 160.59 (0 %, 
neat NaHCO3). 

3. Mathematical model 

3.1. Gas/Liquid mass transfer 

The strategy adopted to simulate the experimental results relies on 
the classical homogeneous model for unstirred bubble column tank re-
actors operated continuously for the gas phase and in batch mode for the 
liquid one. Isothermal and isobaric conditions are assumed, consistently 
with the experimental procedure. Due to the concentration gradient 
(driving force), carbon dioxide molecules diffuse from the gas bubbles to 
the liquid phase. In order to model this phenomenon, the two films 
theory is adopted. Rigorously, the reactive absorption process should be 
conceived by considering the film and the bulk sections for both phases 
along with the corresponding material balance equations for each of 
them. Therefore, the dynamic variation of the species concentrations 
results in a system of partial differential equations that takes into ac-

Fig. 1. Schematic diagram of the apparatus for CO2 absorption experiments.  

Table 1 
Operating conditions of the three different series of experiments.   

[NH3]
0
[M]

T[
◦C]

Exp.1  1.0 5 
Exp.2  1.0 20 
Exp.3  0.5 20  
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count the interface flow rate and the reactive phenomena taking place in 
the liquid phase. This model should be then coupled with the relevant 
boundary and initial conditions, related to bulk concentrations, the 
interface equilibrium and the molar transfer rate taking place at the gas/ 
liquid interface. However, the unavailability of experimental data 
related to the time evolution of species concentration along the film, 
would make such a rigorous model uselessly complicated. For this 
reason, in this work, the CO2 molar flow rate (NCO2 ), through the gas/ 
liquid interface, is modelled by considering the global mass transfer 
coefficient, KLCO2 

and the enhancement factor, E, that describes the in-
fluence of a chemical reaction on the mass transfer rate: 

NCO2 = S E KLCO2

(
C*

CO2
− CCO2

)
. (1) 

where (CCO2 ) is the carbon dioxide concentration into the liquid bulk 
and (C*

CO2
) represents its equilibrium concentration while the surface 

where mass transfer occurs is indicated by S.
To accurately describe the capture process, ammonia losses should 

also be considered and modelled via eq. (2): 

NNH3 = S KLNH3

(
C*

NH3
− CNH3

)
. (2)  

3.1.1. Henry constants 
By relying on the Henry’s law [25], the equilibrium concentration 

(C*
i ) of the ith species can be evaluated through eq. (3) [26]. 

C*
i =

Pyi

Hj
i
, (3) 

where P is the total pressure of the capture system, yi is the molar 
fraction of the ith species within the gas phase and Hj

i is the Henry con-
stant for the ith species in the jth solvent. 

The Henry constant of a specific gas is strictly dependent on solvent 
properties and system temperature. Eqs. (4) and (5) show the correla-
tions adopted to evaluate the Henry constant of CO2 (HH2O

CO2
) and 

NH3(HH2O
NH3

) in water, respectively as a function of temperature [27]: 

HH2O
CO2

=
1

3.4
104exp

[

− 2350
(

1
T
−

1
298.15

)]

(4)  

HH2O
NH3

=
1

0.59
exp
[

− 4200
(

1
T
−

1
298.15

)]

. (5) 

The “N2O analogy”, proposed by [28] and expressed by eq. (6), is 
used to estimate the CO2 solubility in water/ammonia solution, Hw/a

CO2 

[29]: 

Hw/a
CO2

= Hw/a
N2O

[
HH2O

CO2

HH2O
N2O

]

, (6) 

Where the N2O Henry constant in water solution (HH2O
N2O) can be 

expressed by eq. (7) [12]: 

HH2O
N2O = 8.55 ⋅ 106exp

[
− 2284

T

]

, (7) 

and eq. (8) can be used to correlate Hw/a
N2O with ammonia concentra-

tion [30]: 

Hw/a
N2O =

(
0.155 + 8.17 ⋅ 10− 3[NH3]

)
⋅ 106exp

[
− 1.14 ⋅ 103

T

]

. (8)  

3.1.2. Enhancement factor 
The enhancement factor (E) is defined as the ratio between the ab-

sorption rate of a gas component into a liquid phase in the presence of 
one or more reactions involving the absorbed gas species and the ab-
sorption rate when reactions are not taking place. However, it is well 

known [31] that no general analytical expressions to calculate this value 
are available in the literature since it strictly depends on the reaction 
kinetics, the physiochemical properties of the species and the reaction 
regime. In this work, the approach proposed in the literature [31] is 
taken into account where the Hatta number, Ha (eq. (9)), and the 
enhancement factor infinite, Einf (eq. (10)), are obtained to firstly 
determine the reactive regime occurring: 

Ha =

̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅
kappDCO2

√

KLCO2

(9)  

Einf = 1+

⎛

⎜
⎜
⎜
⎝

DNH3 [NH3]

νNH3 DCO2

PyCO2

Hw/a
CO2

⎞

⎟
⎟
⎟
⎠
, (10) 

where kapp is the apparent kinetic constant of the reactive phenomena 
that determine the CO2 consumption into the liquid phase [12,32,33], Di 

is the diffusion coefficient of the ith species and νNH3 is the ammonia 
stoichiometric coefficient in the reaction involving CO2 consumption. 

In this work, based on the experimental conditions, two different 
regimes are possible, i.e. the pseudo first order one that occurs when 
ammonia is in excess compared to CO2 and the fast intermediate regime 
that takes place when CO2 accumulates in the liquid phase [31]. 

If the pseudo first order condition is satisfied (3 < Ha≪Einf ) 
[12,32,33], the enhancement factor can be computed through eq. (11): 

E =
Ha

tanh(Ha)
(11) 

As the process evolves, the absorption process falls into the fast in-
termediate regime, during which the enhancement factor can be 
approximate through the eq. (12) [34,35], proposed by [36] for the first 
time: 

E =
− Ha2

2(Einf − 1)
+

̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅
Ha4

4(Einf − 1)2 +
Einf Ha2

(Einf − 1)
+ 1.

√

(12)  

3.1.3. Mass transfer coefficient 
The global mass transfer coefficient, KL, as expressed by eq. (13), 

depends on both local transfer coefficients, i.e. kl and kg, that contribute 
to the global mass transfer resistance [37]: 

1
E KL

=
1

E kl
+

1
Hj

i kg
. (13) 

Nevertheless, in the mass transfer model of bubble columns, the gas 
phase resistance is commonly assumed to be negligible (Ekl << kgHj

i) 
[38–40], since the material transfer resistance is assumed to be 
concentrated in the homogeneous liquid-phase only (KL → kl). 

The local transfer coefficients expression is strictly dependent on the 
system configuration and geometry. By relying on experimental obser-
vations, some correlations for mass transfer coefficients have been 
developed for standard cases (e.g., fluid flow through a packed bed of 
particles, gas bubbles rising in a tank, falling films, flow over surfaces 
and within tubes). In this work, based on the configuration of the 
experimental setup, the correlation referring to rising gas bubbles re-
ported in eq. (14) is used [26,41–42]: 

kl =
2D
Db

+ 0.31N − 2
3

sc

(
Δϱ g μl

ϱ2
l

)
1
3 (14) 

where D is the gas diffusion coefficient, Nsc is the Schmidt number, ϱl 
and μl represent the liquid phase density and dynamic viscosity, 
respectively, the symbol Δϱ accounts for the density difference between 
liquid and gas phase, g is the gravity acceleration and Db is the bubble 
diameter. 

Within the solution, the bubble size distribution is not uniform, due 
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to coalescence and break-up phenomena that are strongly influenced by 
the physical properties of the solution and the system fluid dynamics. As 
a consequence, the Sauter mean diameter (d32) is considered to repre-
sent the average size of the bubbles [43]. By referring to the specific 
experimental condition such as type of sparger and column geometry, 
eq. (15), proposed by [44] to evaluate d32, was selected: 

d32 = d0

(
ϱl

ϱg

)0.07271(σl
3ϱl

gμl
4

)− 0.04322(HC

DC

)0.16528( UG
̅̅̅̅̅̅̅̅̅
gDC

√

)0.27752( d0

DC

)− 0.71397

(15) 

where d0 is the pore diameter of the sparger, σl is the interfacial 
tension of the liquid, ϱg is the gas density, HC and DC are the height and 
the diameter of the column whereas UG is the superficial gas velocity, 
estimated by knowing the gas volumetric flow rate and the column 
section. The superficial gas velocity (UG) could be then used to assess the 
theoretical hold-up (ε), through eq. (16), in order to compare the 
experimental value with the theoretical one:   

The relations used to quantify the physical properties of the system 
are reported in the supplementary materials. Once the Sauter diameter is 
assessed, the interfacial surface, S, can be evaluated by multiplying the 
total bubble volume in the solution obtained from hold-up measure-
ments and the bubble surface to volume ratio. 

3.2. Reactive system 

Once the CO2 is dissolved, a series of chemical reactions takes place 
in the liquid phase. Carbon dioxide reacts with water and NH3 producing 
carbonate, bicarbonate and carbamate ions [12] which could potentially 
give rise to heterogeneous reactions involving solid chemicals. In this 
work, the heterogeneous equilibria are neglected due to the high solu-

bility of the species at stake [45–47]. The validity of this hypothesis 
depends on the specific operating conditions such as temperature and 
species concentration. Accordingly, the reactive system can be described 
by the reactions shown in Table 2. 

Based on the values of the Hatta number (eq. (9)), the reaction rate of 
the carbon dioxide consumption and the interface mass transfer rate are 

compared. Since the latter one results to be the rate limiting step, re-
actions (R 1-R 6) are considered to be instantaneous so that the corre-
sponding equilibrium conditions are immediately reached. The 
equilibrium constant of R 1-R 6 and the corresponding relationship as a 
function of temperature are reported in Table 3. 

3.3. Model framework 

The model used to describe the liquid phase is based on two speci-
ation equations. The total carbon ,CT (eq. (17)), and total nitrogen, 
NT(eq. (18)), equations, that consider the chemicals in the reactions (R 
1-R 6) involving carbon or nitrogen are reported as follows: 

[CT ] = [CO2] +
[
HCO−

3

]
+
[
CO2−

3

]
+
[
NH2CO−

2

]
(17)  

[NT ] = [NH3] +
[
NH+

4

]
+
[
NH2CO−

2

]
(18) 

Moreover, the latter ones may be combined with the following 
electroneutrality condition that accounts for the solution neutrality and 

relates the ions concentrations into the solution: 

0 = [H+] − [OH − ] −
[
HCO−

3

]
− 2
[
CO2−

3

]
−
[
NH2CO−

2

]
+
[
NH+

4

]
(19) 

Under the assumption that the reactions above are under equilibrium 
conditions, the total carbon concentration (eq. (17)), the total nitrogen 
concentration (eq. (18)) and the electroneutrality condition (eq. (19)) 
can be expressed in terms of [CO2], [NH3] and [H+], respectively as shown 
in the following equations: 

[CT ] = [CO2] +
K1[CO2]

[H+]
+

K1K2[CO2]

[H+]
2 +

K3Kw[CO2][NH3]

[H+][H2O]Kam
(20)  

[NT ] = [NH3] +
Kam[NH3][H2O][H+]

Kw
+

K4K1[CO2][NH3]

[H+]
(21)   

During the capture process, the total carbon concentration is ex-
pected to vary along with the total nitrogen concentration. Due to CO2 

diffusion from the gas bubbles, [CT ] increases until the solution is satu-
rated, while the NH3 evaporation phenomenon determines the [NT ]

decrease. By considering the liquid phase of the experimental bubble 
column perfectly mixed, the [CT ] and [NT ] time variation can be obtained 
from the following mass balances: 

d[CT ]

dt
=

NCO2

VL
=

S E KLCO2

VL

(
PyCO2

Hw/a
CO2

− [CO2]

)

(23.1)  

d[NT ]

dt
=

NNH3

VL
=

S KLNH3

VL

(
P yNH3

Hw/a
NH3

− [NH3]

)

, (23.2) 

where VL is the volume of the liquid-phase. By deriving eq. (20), eq. 
(21) and eq. (22) with respect to the time and considering eq. (23.1) and 

Table 2 
Main chemical reactions taking place in the liquid phase after CO2 
dissolution.  

Reaction ID 

CO2 + H2O ⇔ K1 HCO3
− + H+ R 1 

HCO3
− ⇔ K2 CO3

2− + H+ R 2 
2NH3 + CO2 ⇔ K3 NH2CO2

− + NH4
+ R 3 

NH3 + HCO3
− ⇔ K4 NH2CO2

− + H2O R 4 
NH3 + H2O ⇔ Kam NH4

+ + OH− R 5 
H2O ⇔ Kw OH− + H+ . R 6  

ε =

(
gDC

2ϱl

σl

)− 1.167(gϱl
2DC

3

μl
2

)0.3317( UG
̅̅̅̅̅̅̅̅̅
gDC

√

)0.3196(ϱl

ϱg

)1.048(HS

DC

)1.4948( d0

DC

)− 0.862

. (16)   

0 = [H+] −
Kw

[H+]
−

K1[CO2]

[H+]
− 2

K1K2[CO2]

[H+]
2 −

K4K1[CO2][NH3]

[H+]
+

Kam[NH3][H2O][H+]

Kw
. (22)   
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eq. (23.2), the following expressions are obtained: 

S E KLCO2

VL

(
P yCO2

Hw/a
CO2

− [CO2]

)

=
d[CO2]

dt

(

1 +
K1

[H+]
+

K1K2

[H+]
2

+
K3Kw[NH3]

[H+][H2O]Kam

)

+
d[H+]

dt
[CO2]

[H+]
2

(

K1

+
2K1K2

[H+]
+

K3Kw[NH3]

[H2O]Kam

)

+
d[NH3]

dt
K3Kw[CO2]

[H+][H2O]Kam

(24)  

S KLNH3

VL

(
P yNH3

Hw/a
NH3

− [NH3]

)

=
d[CO2]

dt
K4K1[NH3]

[H+]
+

+
d[H+]

dt

(
K4K1[NH3][CO2]

[H+]
2 −

Kam[NH3][H2O]

Kw

)

+
d[NH3]

dt

(

1 +
Kam[H+][H2O]

Kw
+

K4K1[CO2]

[H+]

)

(25)  

0 =
d[CO2]

dt

(

−
K4K1[NH3]

[H+]
−

K1

[H+]
−

2K1K2

[H+]
2

)

+

+
d[H+]

dt

(

1 +
Kw

[H+]
2 +

Kam[NH3][H2O]

Kw
+

K1CO2

[H+]
2

)

•

(
K4K1[NH3][CO2]

[H+]
2 +

4K1K2[CO2]

[H+]
3

)

+
d[NH3]

dt

(
Kam[H+][H2O]

Kw
−

K4K1[CO2]

[H+]

)

(26) 

The above relations eqs. (24)–(26)) could be seen as an algebraic 

third order linear system, where the unknowns are x′

l =

[
d[H+]

dt ,
d[CO2 ]

dt ,

d[NH3 ]
dt

]

and the coefficients depend on the instantaneous concentration of 

the same species (xl) as well as on the constant terms depend on xl and xg 

=
[
yCO2 , yNH3

]
. By solving this system, the expression for f1, f2 and f3 that 

relate x′

l to the state variable x =
[
xl, xg

]
can be evaluated (as reported in 

the Supplementary Materials). To complete the model, the gas phase 
mass balances for NH3 and CO2 need to be accounted for. The resulting 
system of ODEs to be solved is reported in what follows: 

dyCO2

dt
=

RT
PVg

(
Ninyin

CO2
− NCO2 − NoutyCO2

)
;

yCO2 (0) = y0
CO2

(27)  

dyNH3

dt
=

RT
PVg

(
− NNH3 − NoutyNH3

)
;

yNH3 (0) = y0
NH3

(28)  

d[CO2]

dt
= f1

(
[CO2], [NH3], [H+], yCO2 , yNH3

)
;

[CO2](0) = [CO2]
0

(29)  

d[NH3]

dt
= f2

(
[CO2], [NH3], [H+], yCO2 , yNH3

)
;

[NH3](0) = [NH3]
0

(30)  

d[H+]

dt
= f3

(
[CO2], [NH3], [H+], yCO2 , yNH3

)
;

[H+](0) = [H+]
0

(31) 

where T is the temperature, R the gas constant, Nin and Nout are the 
inlet and outlet molar flow rate of the gas phase, respectively and Vg is 

Table 3 
Equilibrium constant.  

Symbol M.U. Keq
(
T[K]

) Reference 

K1 
[
mol L− 1

]

10

(

−
3404.71

T
+ 14.8435 − 0.032786 T

)

[48] 

K2 
[
mol L− 1

]

10

(

−
2909.1

T
+ 6.119 − 0.02272 T

)

[48] 

K3 
[
L mol− 1

]

Cw/T⋅10

(

+3.981⋅
107

T3 −
223620

T2 −
348.71

T
+ 14.66 − 0.049 T + 0.65 log(T)

) * 

K4 
[
L mol− 1

]

e

(
2900

T
− 8.6

)

[49] 

Kam [ − ]

e

(

−
3335.7

T
− 1.257 − 0.037057 T + 1.497log(T)

)

[50] 

Kw 
[
mol2L− 2

]

10

(

− 3.981⋅
107

T3 +
223620

T2 −
3245.2

T
− 4.098

)

[51] 

* K3 is evaluated as reported in the supplementary materials.  

Fig. 2. Capture system efficiency, [NH3]0 = 1.0 M, T = 5 ◦C (Exp.1).  
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the gas-phase volume which accounts for the volume of bubbles and 
column headspace. Since the capture process is carried out under 
isothermal and isobaric conditions, the outlet molar flow rate of the gas 
phase could be computed as: 

Nout = Nin − NCO2 − NNH3 . (32) 

The eqs. (27)-(31)) allow to describe the CO2 capture dynamics as 
well as the time evolution of [CO2], [NH3] and [H+]. Once the concen-
trations of the latter ones are evaluated, those ones corresponding to the 
other species can be obtained through the equilibrium relations (R 1-R 
6). The ODEs system above was solved through the subroutine ODE45 
which takes advantage of the Runge-Kutta (4,5) method on Matlab. 

4. Results and discussion 

The model performance is evaluated by comparing the correspond-
ing predictions with the experimental measurements related to the ion 
speciation, defined as the concentration ratio of ions within the solution, 
pH and capture system efficiency, defined by means of eq. (33): 

η =
Ninyin

CO2
− NoutyCO2

Ninyin
CO2

, (33)  

4.1. Experimental data and model predictions 

Fig. 2 shows the capture efficiency experimental data of Exp.1 and 
the corresponding model predictions obtained without tuning any 
model parameter. During the first part of the experiment, the capture 
efficiency is close to unity because, due to the initial absence of dissolved 
CO2, the driving force reaches the highest possible values (eq. (1)). 
Consequently, the capture efficiency values (Fig. 2) show an initial 
phase (hereinafter referred to as “reaction phase”) where η slowly de-
creases since almost all the CO2 transferred to the liquid phase is 
consumed by the dissolved ammonia. During this phase, the efficiency 
reduction is mainly caused by the enhancement factor decrease, due to 
ammonia consumption that influences the reaction rate [32,12]. As long 
as the ammonia level concentration allows to convert CO2, its accu-
mulation into the liquid-phase is avoided and the CO2 driving force in 
the liquid-phase remains unchanged. Once ammonia concentration 
starts decreasing, CO2 starts to be accumulated in the liquid-phase and 
thus the corresponding driving force is reduced. Accordingly, the cap-
ture system efficiency significantly decreases until the CO2 flow through 
the gas–liquid interface becomes quite small so that the corresponding η 
value drops below 20 %. 

The statistical parameters R2(0.9708) [52] and MSE(0.0441) [53], 
quantitatively confirm the model predictive capability that allows to 
capture fairly well the efficiency time dynamics, as shown with Fig. 2. 
During the last part, the model simulation underestimates the experi-
mental data (Fig. 2). This offset could be due to an additional reactive 
phenomenon not accounted for by the model, which becomes relevant 
as the [NH3] is extremely low: one of the two ammonia molecules, 
needed to form NH2CO−

2 (R 3), is substituted by H2O that serves as a base 
and promotes carbon dioxide consumption, thus limiting its accumula-
tion in the final step of the process. However, the potential implication 
of such an offset should not be relevant in view of the transposition of 
the obtained results to the operative scale. 

To the best of our knowledge, despite the simplicity of the reactive 
system, a model capable to describe the capture efficiency time evolu-
tion is not still available in the literature. In several works, the 
CO2-NH3-H2O system is studied by means of the so-called electrolyte 
non-random two liquid (NRTL) model [19–21] that considers the equi-
librium relations between the species and evaluates the species con-
centrations as a function of the CO2 loading. However, the NRTL model 
is not capable to quantify the outlet CO2 concentration (and thus the CO2 
capture efficiency), as a function of time. Moreover, even though some 
literature models take into account both the reaction process and the 

interface transfer phenomena, the quantitative description of the cap-
ture efficiency from the experimental results is typically missing [54]. 

To design an efficient plant for the chemical absorption of carbon 
dioxide, the capture system has to be integrated with a regeneration 
system which has the function to recycle the absorbent from the 
CO2-rich solution. The knowledge of the chemical composition of the 
CO2 saturated solution could be the key to optimize the regeneration 
process since it permits to acquire data about the chemical and ther-
modynamic properties of the solution. 

Fig. 3 shows how the chemical composition of the solution changes 
during the process. The experimental data related to the percentage 
concentration ratio of carbonate, (CO2−

3 ), bicarbonate (HCO−
3 ), and 

carbamate (NH2CO−
2 ) is reported, along with the corresponding model 

results. 
During the first part of the experiment, the strong alkalinity of the 

solution moves reaction R 2 toward right, thus causing the exclusive 
production of carbonate ions (CO2−

3 ) (Fig. 3). As the process evolves, the 
carbon content into the solution increases thus causing the increase of 
HCO−

3 concentration (R 1) and the decrease of pH (Fig. 4) that, in turn, 
gives rise to the shift of the R 2 equilibrium toward reagents. This 
phenomenon slows down the CO2−

3 formation and promotes the pro-
duction of HCO−

3 and NH2CO−
2 (Fig. 3). The high NH3 concentration in 

the early steps of the experiment determines the synthesis of NH2CO−
2 

Fig. 3. Ion speciation. (o): exp. data, (-) model prediction (Exp.1).  

Fig. 4. pH variation during the capture process (Exp.1).  

F. Atzori et al.                                                                                                                                                                                                                                   



Chemical Engineering Journal 451 (2023) 138999

8

that is interrupted at the end of the initial reaction phase (Fig. 2), when 
the NH3 content decreases. Moreover, the dissolved CO2 causes a pro-
gressive [H+] increase (Fig. 4) that affects the chemical composition of 
the absorbent solution, thus favoring the HCO−

3 production, as the 
ammonia is consumed (Fig. 3). 

The model turns out to be capable to predict the time evolution 
of.CO2−

3 
(R2 = 0.86, MSE = 0.009), HCO−

3 (R2 = 0.79, MSE = 0.013) and 
NH2CO−

2 (R2 = 0.90, MSE = 0.001). The good accuracy of the pre-
dictions demonstrates the validity of the more significant hypotheses the 
model is based upon. The eqs. (27)-(31)) are indeed solved by consid-
ering the species under equilibrium conditions (cf. reactions R 1-R 6), 
because the process is assumed to be under diffusive control. 

During the base case experiment, also pH was measured. Within the 
first 90 minutes pH level decreases from 12.3 to 9, due to high CO2 
dissolution rate. When the solution approaches the corresponding level 
of CO2saturation, the pH variation slows down and its value levels off to 
about 8.5. The experimental [H+] evolution is well captured by the 
model (R2 = 0.94,MSE = 0.009) via eq. (31) (Fig. 4). 

4.2. Model validation 

To further evaluate the predictive capability of the model, additional 
CO2 absorption experiments were carried out under different operating 
conditions and the corresponding results were compared with the 
modeling ones. Since the thermal level significantly affects the reaction 
equilibrium and therefore the system dynamics, the capture process was 
carried out by changing the operating temperature to 20 ◦C (Exp. 2, 
Table 1). Especially when dealing with industrial scale absorption, the 
temperature is a parameter whose level is responsible for considerable 
energy consumption while operating at low temperatures is not always 
possible. Moreover, since the reactive absorption is an exothermic pro-
cess, it is quite difficult to keep the temperature constant when large 
volumetric flow rate and reaction volumes are considered. Therefore, a 
model used to predict and describe the capture system dynamics should 
be efficient over a wide range of temperature. Fig. 5 deals with the 
comparison between experimental data and model predictions for the 
case of Exp. 2 where it is seen that the temperature change affects the 
capture system efficiency. 

Fig. 5 shows how the reaction phase remains practically unchanged 
in terms of duration, with a slight increase of the corresponding values, 
due to the growth of the mass transfer rate with temperature. Never-
theless, the final decrease of η occurs more quickly than at 5 ◦C (Exp 1, 
Table 1) thus leading to values close to zero in 200 minutes. This is due 

to the considerable decrease of K3 (Table 3) that determines a faster 
accumulation of carbon dioxide into the liquid phase and the gas solu-
bility reduction, due to the Henry constant decreasing, as shown in eq. 
(4), which causes the lowering of the saturation concentration. 
Accordingly, the reaction phase and the subsequent one are not nega-
tively influenced by the temperature increase that, however, accelerates 
CO2 accumulation and the efficiency reduction in the process final 
phase. For this reason, Fig. 5 presents a narrower offset with respect to 
Fig. 2. 

The model was further validated by predicting the experimental re-
sults obtained when simultaneously varying initial ammonia concen-
tration and process temperature (Exp. 3 in Table 1). Specifically, the 
initial NH3 concentration was halved with respect to previous experi-
ments (from 1.0 M to 0.5 M), while the temperature was set at 20 ◦C. 
The comparison between the model prediction and experimental results, 
in terms of capture efficiency, is reported in Fig. 6. 

As expected, the halving of absorbent concentration has a remark-
able influence on the reaction phase duration. In fact, the latter one is 
exclusively due to CO2 consumption by NH3 that prevents carbon di-
oxide accumulation within the solution. The lower is the initial con-
centration of ammonia, the faster is its consumption and the shorter is 
the reaction phase. Moreover, as also shown in Exp. 2 (Fig. 5), the 
temperature increase accelerates the solution saturation by attenuating 
the effects of secondary reaction phenomena and reducing the final 
mismatch between experimental and model results (Fig. 6). 

The analysis of Fig. 5 and Fig. 6 shows the effectiveness and the 
reliability of the proposed mathematical model that is able to predict the 
absorption process dynamics despite the variation of the operating 
conditions. In Exp. 2 (R2 = 0.981,MSE = 0.003) and Exp.3 (R2 = 0.975,
MSE = 0.003), respectively the data are fitted by the model curves quite 
well, by accurately describing the time evolution of the process effi-
ciency. In particular, the developed model turns out to be able to predict 
how the temperature increase affects the process and to quantify the 
decrease of the reaction phase duration depending on the initial level of 
ammonia into the absorbent solution. 

A validated model that effectively describes the reactive absorption 
process allows to gain important information in view of plant design. 
Based on the operating conditions, the time (hereafter called operation 
time) when the single absorber efficiency drops below a prescribed 
threshold can be evaluated. By computing, through the model, the 
operation time of a generic absorbent column, different plant configu-
ration can be simulated. For instance, the model could be used to 
evaluate whether more columns should be operated in series, parallel or 
alternate configuration. Moreover, the “a priori” knowledge of the time 
evolution of the chemical composition might permit to properly design Fig. 5. Capture system efficiency, [NH3]0 = 1.0 M, T = 20 ◦C (Exp.2).  

Fig. 6. Capture system efficiency, [NH3]0 = 0.5 M, T = 20 ◦C (Exp.3).  

F. Atzori et al.                                                                                                                                                                                                                                   



Chemical Engineering Journal 451 (2023) 138999

9

the regeneration process as well as eventual intermediate steps of car-
bonate salts production. 

Based on the consideration above, Fig. 7 shows two possible indus-
trial application of the proposed mathematical model, which considers 
the two most significant model results: the column operation time (t*) 
and the chemical composition analysis. 

To this aim, let us consider two capture columns working alterna-
tively (section A, Fig. 7) with the CO2-rich feed initially flowing only 
into column (1). Once t* is selected depending upon operating condi-
tions and threshold, the valve actuators can be programmed. The valve 
that controls the CO2-rich feed into the capture column (1) and the one 
controlling the CO2-rich feed into the capture column (2) can be closed 
and opened, respectively. Moreover, the valve that allows exhaust 
CO2-rich sorbent to flow in the regeneration column can be opened, 
without the use of real-time measurements. 

In section B reports a potential application of the model related to its 
capability to predict the chemical composition of the solution is 
addressed. The CO2-rich sorbent solution can be seen as a raw material 
to synthetize carbonic salts in an intermediate production process whose 
yield also depends on the carbonic ion concentration. The proposed 
model could easily compute the chemical composition of the CO2-rich 
sorbent thus allowing one to utilize these data to design and optimize the 
carbonic salt production section. 

As for the transposition of the results of this work at the industrial 
scale, it is worth mentioning that additional activities are required to 
simulate industrial conditions including suitable regeneration strategies 
depending upon the selected technologies where the knowledge of the 
corresponding hydrodynamics will affect the mass transfer coefficient 
values. However, the thermodynamics approach, adopted to describe 
the reactive absorption phenomenon, cannot be affected by the inves-
tigation scale since the speciation equations and the electroneutrality 
equation hold true even at larger scale. In addition, once the fluid dy-
namics is known, suitable expressions useful to evaluate the transfer 
coefficient can be identified while the mathematical structure of the 
proposed model equations remains unchanged. 

5. Concluding remarks 

In this work, a mathematical model able to quantitatively describe 
the dynamics of the CO2 reactive absorption process with ammonia 
solutions is proposed for the first time. Based on reactions assumed to be 
under thermodynamical equilibrium and the gas/liquid CO2 mass 
transfer occurrence, the model is capable to simulate the time variation 
of the system efficiency, the solution pH and the ion speciation in the 
liquid-phase, as the process evolves. The predictive capability of the 
model is successfully tested by comparison with experimental mea-
surements related to capture efficiency, pH and ion speciation obtained 
under specific operating conditions (T = 5 ◦C, [NH3]

0
= 1 M). 

A validation analysis is then carried out by comparing the model 
predictions with the experimental results obtained under different 
operating conditions. Initially, an experiment considering different 
system temperature (T = 20 ◦C) is performed, while a simultaneous 
change in initial ammonia concentration and system temperature (T =

20 ◦C, [NH3]
0
= 0.5 M) is also considered. Despite the operating con-

dition changes affects considerably the efficiency dynamics, the model is 
able to simulate the experimental trend, thus predicting the efficiency 
decrease due the temperature increase and the reduction of the reaction 
phase duration due to the lowering of ammonia concentration. 

Such reliability makes the proposed mathematical model a useful 
tool in view of plant design. The use of the model could allow dynamic 
simulations to be carried out with different plant configurations, in 
order to identify the most advantageous ones. In addition, based on the 
chemical composition analysis, the optimization of the regeneration 
process and the integration of intermediate processes to produce added- 
value chemicals could be achieved. 
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Fig. 7. Possible industrial applications of the proposed dynamic model.  
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[7] R.M. Cuéllar-Franca, A. Azapagic, Carbon capture, storage and utilisation 
technologies: A critical analysis and comparison of their life cycle environmental 
impacts, J. CO2 Util. 9 (2015) 82–102, https://doi.org/10.1016/j. 
jcou.2014.12.001. 

[8] I. Ghiat, T. Al-Ansari, A review of carbon capture and utilisation as a 
CO2abatement opportunity within the EWF nexus, J. CO2 Util. 45 (2021), https:// 
doi.org/10.1016/j.jcou.2020.101432. 

[9] X. Chen, G. Huang, C. An, Y. Yao, S. Zhao, Emerging N-nitrosamines and N- 
nitramines from amine-based post-combustion CO2 capture – A review, Chem. Eng. 
J. 335 (2018) 921–935, https://doi.org/10.1016/j.cej.2017.11.032. 

[10] S. Singto, T. Supap, R. Idem, P. Tontiwachwuthikul, S. Tantayanon, M.J. Al-Marri, 
A. Benamor, Synthesis of new amines for enhanced carbon dioxide (CO2) capture 
performance: The effect of chemical structure on equilibrium solubility, cyclic 
capacity, kinetics of absorption and regeneration, and heats of absorption and 
regeneration, Sep. Purif. Technol. 167 (2016) 97–107, https://doi.org/10.1016/j. 
seppur.2016.05.002. 

[11] X. Luo, S. Liu, H. Gao, H. Liao, P. Tontiwachwuthikul, Z. Liang, An improved fast 
screening method for single and blended amine-based solvents for post-combustion 
CO2 capture, Sep. Purif. Technol. 169 (2016) 279–288, https://doi.org/10.1016/j. 
seppur.2016.06.018. 

[12] F. Qin, S. Wang, A. Hartono, H.F. Svendsen, C. Chen, Kinetics of CO2 absorption in 
aqueous ammonia solution, Int. J. Greenhouse Gas Control 4 (2010) 729–738, 
https://doi.org/10.1016/j.ijggc.2010.04.010. 
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